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The SAFT-VR equation of state is combined with a semi-continuous thermodynamic
approach to model several synthetic and crude oil systems. In our approach, the oil
fractions are defined by a continuous distribution that is then represented as discrete
pseudo-components using the Gaussian quadrature method. The SAFT-VR parameters
for the pseudo-components are obtained from simple linear relationships that were
defined in earlier work, which allows the approach to be easily applied to undefined
oil systems. Good agreement between the theoretical predictions and experimental
data is obtained for bubble point pressure calculations of several gas condensates and
the solubility of gases such as methane, ethane, and carbon dioxide in several crude
oils. ! 2007 American Institute of Chemical Engineers AIChE J, 53: 720–731, 2007
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Introduction

Enhanced recovery techniques become more attractive and
economically feasible as supplies of oil and gas dwindle
and become more remote and more challenging to recover,
and demand rises, all of which contribute to increasing
prices. The challenge of enhanced oil recovery is to release
the 40–60% of trapped oil that resists traditional primary and
secondary oil production processes. Recovery is typically
achieved through the addition of chemicals or heat that will
mobilize the gas or oil. The most promising tertiary extrac-
tion methods are thermal recovery, chemical recovery, and
miscible methods, though alternatives such as microbial
enhanced recovery, where oxygen and organic-digesting
microbes are injected to digest heavy oil and asphalt allow-
ing a lighter oil to flow, can also be used. In order to opti-
mize these approaches, an understanding of the phase behav-
ior of mixtures containing oil, and enhanced oil recovery
fluids, such as carbon dioxide and nitrogen, is essential. Cen-
tral to achieving this goal is the development of molecular

theories that can accurately predict the phase behavior of
multicomponent systems important to enhanced oil recovery
processes.

The challenge to modeling the phase equilibrium behavior
of oil systems using an equation of state is the complexity of
the oil fluid, both in terms of the number of components and
the large proportion of undefined components. Typically, the
undefined components are identified by a true boiling point
distillation analysis and characterized by an average normal
boiling point and specific gravity. Such fractions are assumed
to contain paraffin, naphthene, and aromatic molecules; how-
ever, the chemical nature and concentrations of these mole-
cules are extremely difficult to measure experimentally. As a
consequence, a large number of undefined components can-
not be characterized; and traditional methods to determine
model parameters from pure component data, as is done in a
typical equation of state treatment, fail. Therefore, the chal-
lenges lie in determining the most appropriate way to group
(that is, assign the complex oil fluid a manageable number of
pseudo-components) and characterize (that is, determine the
parameters of the pseudo-components) these fluids from lim-
ited experimental information. Several methods for determin-
ing the pseudo-components have been proposed in the litera-
ture. Primarily these rely on trial and error, which although
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time-consuming, can give good results if the procedure to
determine the pseudo-components is performed for a suffi-
ciently large number of iterations.

Several groups have proposed specific guidelines for deter-
mining the pseudo-components. For example, Lee et al.1 sug-
gested grouping fractions based on the slopes of available
properties (such as density, molecular weight, and so forth)
with respect to their boiling points. Li et al.2 set a fixed num-
ber of pseudo-components at every decade range of K fac-
tors. Pedersen et al.3 grouped fractions together by assuming
that each pseudo-component has an equal weight fraction
and its properties are defined through a weight fraction aver-
age. The use of such guidelines often results in less calcula-
tion time compared to a pure trial-error method; however,
such approaches generally lack a rigorous basis. Although
complex statistical methods to group pseudo-components
have been proposed,4 they usually require considerable calcu-
lations to determine the pseudo-components and do not offer
any clear advantage in terms of accuracy over the simpler
methods discussed above.

An alternative approach to define oil fractions was proposed
by Cotterman et al.5,6 and used to model polymer and petro-
leum systems. In their work, the pseudo-components are
defined using a continuous distribution in an index property,
such as the boiling point, carbon number, or molecular weight.
Comparisons of their approach with those using discrete
pseudo-components showed significant improvement in both
the accuracy and speed of phase equilibria calculations. These
findings were further supported by Kehlen et al.7 in a formal
mathematical analysis of continuous thermodynamics. In subse-
quent work, Cotterman et al.8 successfully applied this
approach to the flash calculation of gas-condensate systems. In
the same spirit, Behrens and Sandler9 proposed a truncated ex-
ponential distribution function to model oil mixtures. Further-
more, they demonstrated that discrete pseudo-components can
be defined by applying the Gaussian quadrature method to the
distribution function. The pseudo-components and their compo-
sitions determined at the quadrature points were shown to be
mathematically identical to the exponential distribution of the
continuous fraction. This approach, therefore, allows the appli-
cation of semi-continuous thermodynamics in existing codes
for multicomponent systems without the need for additional
modification. Behrens and Sandler9 applied their method in
combination with the Peng-Robinson equation of state to satu-
ration curve calculations and showed that this approach to
semi-continuous thermodynamics not only provides a more rig-
orous method to choose the pseudo-components, but also gives
better results than the more commonly used trial and error
techniques. To further improve the semi-continuous thermody-
namics method, Willman and Teja10 subsequently suggested
using an effective carbon number (ECN) as a single characteri-
zation parameter to differentiate the various isomers of a com-
pound.

When modeling a complex fluid mixture, characterization
of the pseudo-components is equally important. Often the
chemical makeup of each pseudo-component is divided into
three hydrocarbon groups, namely, paraffins (P), naphthenes
(N), and aromatics (A), and the composition and properties
of the P, N, and A components determined through correla-
tions. This concept has been utilized by numerous research-
ers, such as Robinson and Peng,11 Riazi and Daubert,12,13

Wang et al.,14 Huang and Radosz,15–18 and Shariati
et al.,19,20 to study a range of petroleum fluids. However,
since phase equilibrium and thermophysical property calcula-
tions are very sensitive to the values of the model parameters
in an equation of state, it was suggested by Brule et al.21 that
the conventional correlations used were not suitable for oil
system modeling and introduced a potential source of error.
For example, the critical properties of extremely heavy oil
components are generally unknown, and values obtained by
extrapolating critical property correlations developed for
smaller molecules are usually inaccurate.9 In recent years,
group contribution methods (critically summarized in Poling
et al.22) have been used to provide reliable ways to determine
properties of heavier molecules based on information about
the composition and structure of the pseudo-components;
however, the success of such methods depends on the
information available on the chemical makeup of the pseudo-
components.

In early examples of oil modeling, simple cubic equations
of state3,5,8,9,12,13,23 were widely adopted as modeling tools.
However, since the composition and structure of real reser-
voir fluids can change significantly with time and location,
such approaches, which rely on system (composition and
state conditions) specific parameters, are not flexible enough
to study the changing conditions. Furthermore, cubic equa-
tions do not explicitly consider the shape of a molecule and
cannot describe association interactions, such as hydrogen
bonding, between molecules. The SAFT equation of state,
which explicitly takes account of molecular shape, size, and
association interactions, has proven to be a very versatile the-
oretical model24–27 for describing fluid phase thermodynam-
ics. The SAFT equation, based on Weitherm’s first order
thermodynamic perturbation theory for association,28–33 has
been successfully applied to describe the phase behavior of a
wide range of industrially important fluids and their mixtures.
(For details, the reader is referred to a complete review by
Muller and Gubbins.34)

In particular, Huang and Radosz16 applied their engineer-
ing version of the SAFT equation to model carbon dioxide
and bitumen systems; eight pseudo-components were defined
and characterized based on the molecular weight, normal
boiling point, and aromaticity of each component, and binary
interaction parameters were established as a function of mo-
lecular weight and temperature. In more recent work, Ting
and co-workers35 have modeled asphaltene phase equilibrium
in a model live (mixture of n-C7 insoluble asphaltenes, tolu-
ene, and methane) and a recombined (stock tank oil with its
separator gas) oil with the SAFT approach. The recombined
oil sample was grouped into six pseudo-components based
on composition, the saturate-aromatic-resin-asphaltene frac-
tionation, and gas-oil ratio data, which were characterized by
parameters obtained from a direct fit to precipitation data
from oil titrations with n-alkanes at ambient conditions.

Of particular relevance to the current work, Buenrostro-
Gonzalez et al.36 investigated asphaltene precipitation in two
Mexican crude oils using the SAFT-VR equation, which
within the SAFT framework models the dispersion interac-
tions of fluids through potentials of variable attractive
range.37,38 In their work, the parameters for the asphaltene,
resin, and oil have a clear physical meaning and can be
determined from experimental procedures or calculated
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through specific physical relationships or recent theoretical
results. For example, the asphaltene monomer parameter was
experimentally determined by a fluorescence depolarization
technique as described in other work by Buenrostro-Gonza-
lez.39 Based on these prior studies, it is evident that the
application of the SAFT approach to oil modeling not
only provides a theoretical framework with improved predic-
tive power, but also offers an elegant way to consider self-
association and cross-association of oil molecules, such as
asphaltenes.

In this work we consider the application of the SAFT-VR
equation to model the phase equilibria of gas condensates
and light petroleum fractions in combination with a semi-
continuous thermodynamic approach to describe the oil flu-
ids. The SAFT-VR equation has been successfully applied to
describe the thermodynamics and phase behavior of numer-
ous fluids and fluid mixtures, such as n-alkane,38,40–44 poly-
mers,45,46 perfluoroalkanes,47–50 carbon dioxide,51,52 replace-
ment refrigerants,53 and electrolytes.54,55 One important fea-
ture of the SAFT-VR equation is that it is possible to
develop for a homologous series linear correlations for the
model parameters as a function of molecular weight. In pre-
vious work,43 such correlations were successfully established
for the alkanes. This feature is of particular importance in
our work when defining and characterizing the pseudo-com-
ponents of undefined oil fractions; if we assume the pseudo-
components can be modeled by parameters for the alkanes,
we can easily determine the corresponding SAFT-VR param-
eters from the linear correlations using the molecular weights
of each pseudo-component. While this is a simple approach
it is not unreasonable, particularly for undefined oil fluids,
for which additional fitting would have to be performed in
order to determine the PNA fractions. Using this simple
approach, good agreement is achieved between the theoreti-
cal predictions and experimental data for bubble point pres-
sures and gas solubility in the gas condensates and light oils
studied.

The remainder of the article is organized as follows. We
begin by outlining the SAFT-VR equation for multicompo-
nent mixtures and the semi-continuous approach used to
define the oil fluids. We then present results for the gas con-
densates and crude oils studied, and comparisons are made
with experimental data.

Models and Theory

The SAFT equation of state for a mixture of associating
chain molecules is given in the form of Helmholtz free
energy by

aðT; r; xiÞ ¼ aIDEAL þ aMONO: þ aCHAIN þ aASSOC: (1)

where aIDEAL is the ideal free energy, aMONO. the excess free
energy due to the monomer segments, aCHAIN the contribu-
tion due to the formation of chains from the monomers, and
aASSOC. the contribution due to intermolecular association. In
Eq. 1 all contributions are a function of temperature T, molar
density r, and composition {xi}. We will consider each con-
tribution in turn for the specific case of the SAFT-VR equa-

tion used in this work; the contribution from association
interactions is not discussed as only non-associating mole-
cules are considered in this work.

In the SAFT-VR approach, the monomer dispersion inter-
actions are described through a potential of variable range, in
this work a square-well potential

uijðrijÞ ¼
0 rij % lijsij
&eij sij ' rij < lijsij
þ1 rij < sij

8
<

: (2)

where rij is the center-center distance of two monomer seg-
ments, sij the hard segment diameter, and lij and eij the
range and depth, respectively, of the square-well potential
between monomer segments i and j.

The ideal Helmholtz free energy of a mixture of n compo-
nents is given by

aIDEAL ¼
Xn

i¼1

xi ln ri!
3
i & 1 (3)

where ri ¼ Ni/V is the molecular number density, xi the mole
fraction, and Li the thermal de Broglie wavelength of species i.

The monomer free energy of the mixture is given as

aMONO: ¼
Xn

i¼1

ximi

 !
aM (4)

where mi is the number of monomer segments in each chain
i, and aM the monomer free energy per segment of the mix-
ture. From the Barker and Henderson high temperature
expansion,56–59 we can obtain the monomer free energy per
segment of the mixture as

aM ¼ aHS þ a1=kT þ a2=ðkTÞ2 þ ( ( ( (5)

where a1 and a2 are the first two perturbation terms associated
with the attractive energy &eij, and in the SAFT-VR approach
the series is truncated at second order. The free energy of the
reference hard sphere (HS) mixture aHS is derived from the
expression of Boublik60 and Mansoori et al.61 as:

aHS ¼ 6

prs

x32
x23

& x0

 !

lnð1& x3Þ þ
3x1x2
1& x3

þ x32
x3ð1& x3Þ2

" #

:

(6)

where rs ¼ Ns=V ¼ rð"n
i¼1ximiÞ is the number density of

spherical segments, and the reduced densities xl are defined
as

xl ¼
p
6
rs
Xn

i¼1

xs;iðsiÞl
" #

ðl ¼ 1; 2; 3Þ (7)

where x3 is the overall packing fraction of the mixture. In
Eq. 7, si is the hard-core diameter of a sphere in chain i and
xs,i is the mole fraction of spheres of component i in the mix-
ture, given by
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xs;i ¼
mixiPn
k¼1 mkxk

(8)

In the treatment of mixtures, we need appropriate mixing
rules to specify the dependence on composition xi. In this
work we follow the van der Waals (vdW) n-fluid theories62,63

in which simple relationships between the pair correlation
functions of mixtures and those of pure components are
assumed. In the simplest case, for the vdW one-fluid mixing
rule, the size, energy, and potential range parameters sx, ex,
and lx are given by:

s3x ¼
Xn

i¼1

Xn

j¼1

xs;ixs;js3ij (9)

ex ¼
Pn

i¼1

Pn
j¼1 xs;ixs;jeijl

3
ijs

3
ijPn

i¼1

Pn
j¼1 xs;ixs;jl

3
ijs

3
ij

(10)

l3x ¼
Pn

i¼1

Pn
j¼1 xs;ixs;jeijl

3
ijs

3
ijPn

i¼1

Pn
j¼1 xs;ixs;jeijs

3
ij

(11)

where variables with subscript ij refer to the pair interaction
between species i and j. In order to maintain the accuracy
of the description of the structure of the reference fluid, we
choose to implement the mixing rule only in the perturba-
tion terms for the monomer interactions, which corresponds
to the MIX1b mixing rule of Galindo et al.37 Hence,
the mean-attractive energy a1 for square-well molecules is
given as

a1 ¼ & 2

3
rsp

Xn

i¼1

Xn

j¼1

xs;ixs;jeijs3ijðl
3
ij & 1ÞgHS0 ½sx; xeffx ðlijÞ*;

(12)

and the first fluctuation term in the free energy

a2 ¼ & 1

2
rsK

HS
Xn

i¼1

Xn

j¼1

xs;ixs;jeijaVDWij

+ gHS0 sx; xeffx ðlijÞ
! "

þ rs
qgHS0 sx; xeffx ðlijÞ

! "

qrs

( )
ð13Þ

where KHS is the isothermal compressibility for a mixture
of hard spheres and is given by the Percus-Yevick expres-
sion:64

KHS ¼ x0ð1& x3Þ4

x0ð1& x3Þ2 þ 6x1x2ð1& x3Þ þ 9x32
; (14)

The contact value of the radial distribution function, g0
HS, is

given by

gHS0 ½sx; xeffx * ¼ 1& xeffx =2

ð1& xeffx Þ3
(15)

where the effective packing fraction xxeff is given by

xeffx ðxx; lijÞ ¼ c1ðlijÞxx þ c2ðlijÞx2x þ c3ðlijÞx3x (16)

with coefficients

c1ðlijÞ
c2ðlijÞ
c3ðlijÞ

0

B@

1

CA ¼
2:25855 &1:50349 0:249434

&0:669270 1:40049 &0:827739

10:157600 &15:0427 5:30827

0

B@

1

CA

+
1

lij
lij2

0

B@

1

CA ð17Þ

The reduced density xx in Eq. 16 is defined as

xx ¼
p
6
rs
Xn

i¼1

Xn

j¼1

xs;ixs;js3ij (18)

The contribution to the free energy due to the formation of
chain molecules from square-well monomer segments is
given by

aCHAIN ¼ &
Xn

i¼1

xiðmi & 1Þ ln½gHS0 ½sii; xeffii ðliiÞ* þ beiigii1ðsiiÞ*:

(19)

The term g1
ii (sii) is obtained from a self-consistent calcula-

tion of the pressure using the Clausius virial theorem and the
density derivative of the monomer Helmholtz free energy, as
described in ref. 38. For a mixture of square-well molecules,
g1
ij (sij) is given by

gij1ðsijÞ ¼
1

2peijs3ij
3

qaij1
qrs

 !

& lij
rs

qaij1
qlij

" #

¼ beij

gHS0 ½sx; xeffx ðlijÞ* þ ðl3ij & 1Þ

+
qgHS0 ½sx; xeffx ðlijÞ*

qxeffx

lij
3

qxeffx
qlij

& xeffx
qxeffx
qx3

# $

8
>><

>>:

9
>>=

>>;

(20)

The standard Lorentz-Berthelot combining rules63 are used
to determine the cross, or unlike, parameters in Eqs. 9–20:

sij ¼
sii þ sjj

2
(21)

eij ¼ ðeiiejjÞ1=2 (22)

lij ¼
liisii þ ljjsjj
sii þ sjj

(23)

In this work, to represent the oil fractions, a truncated ex-
ponential distribution F(I), following the procedures outlined
by Behrens and Sandler,9 is used. While Cotterman et al.5,8

employed a Gaussian distribution function in their work, for
most oils an exponential distribution function is sufficient to
represent the plot of oil compositions versus carbon num-
bers.9 Furthermore, since a finite carbon number must exist
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in oil fractions and the distribution cannot continue to infin-
ity, it can be truncated. The truncated distribution is given
by:

FðIÞ ¼ e&aIe&b (24)

where A ' I ' B, A is the starting point of the distribution, B
the upper cutoff set at C50 or higher, a a constant set by the
molecular weight of the heavy fraction. The index variable I
is chosen to be a property such as the boiling point, molecular
weight, or carbon number, which is used in this work.
The parameter b can be found through the normalization con-
dition

Z B

A
FðIÞdI ¼ xF (25)

where xF is the mole fraction of the oil described by the con-
tinuous distribution function. Note from Eq. 25, e&b ¼ axF/
(e&aA & e&aB). In applying the continuous distribution, one
frequently needs to compute integrals such as

H ¼
Z B

A
f ðIÞFðIÞdI ¼ e&b

Z B

A
f ðIÞe&aIdI (26)

By transformation of variables

H ¼
Z C

0

gðyÞe&ydy (27)

where

y ¼ aðI & AÞ; C ¼ aðB& AÞ (28)

and

gðyÞ ¼ e&be&aA

a
f

y

a
þ A

% &
(29)

Once the Gaussian quadrature method is applied to Eq. 27,
the integral can be approximated by

H ¼
Z C

0

gðyÞe&ydy ¼
Xn

i¼1

gðyiÞwi (30)

where wi and yi are the weights and points, respectively, in
the Gaussian quadrature. This means that we can use the dis-
crete pseudo-components in an existing modeling program
for multicomponent mixtures, where the pseudo-components
are chosen at quadrature points with the mole fractions deter-
mined by the weighting at those points. The roots and
weights of a two-point (or higher) integration can be gener-
ated from a simultaneous set of equations defined by the
Gaussian quadrature theory. Behrens and Sandler9 showed in
their work, and it is confirmed in the current work, that usu-
ally two or three point integration is sufficient, and four or
more components rarely improve the results.

In the implementation of this approach, the parameters of
the distribution function (that is, A, B, and a in Eq. 24) need
to be obtained by fitting to the oil fraction to be modeled
and the pseudo-components, which correspond to the Gaus-

sian quadrature points, defined. To facilitate explanation, we
consider a model oil fraction with mole fraction xf and aver-
age molecular weight Mw. We first set the starting carbon
number Nc,s to 6 or 7 corresponding to C6þ or C7þ fractions,
respectively, and the ending carbon number Nc,e to 50 for
most oil systems. We then assume the endpoints of the distri-
bution start and end at the midpoint between these two car-
bon numbers. Hence, the effective endpoints A and B are
given by

A ¼ Nc;s &
1

2
(31)

and

B ¼ Nc;e þ
1

2
(32)

The slope of the distribution, a, is calculated from the fol-
lowing expression by successive substitutions:

1

a
¼ #Nc & Aþ ðB& AÞe&Ba

e&Aa & e&Ba

' (
(33)

where the average carbon number Nc is determined from the
average molecular weight Mw. Once the slope is found, the
integration range C is calculated from Eq. 29, and we can
generate the roots yi and weights wi from the Gaussian quad-
rature theory. Finally, the carbon numbers Nc,i and their mole
fractions xi of each pseudo-component are determined from
the following expressions:

Nc;i ¼ yi=aþ A (34)

and

xi ¼ wixf (35)

In the SAFT-VR approach, the model fluid parameters,
that is, the hard-core segment diameter, s, and the range l
and depth of the attractive interaction e, are generally deter-
mined from a direct fitting to experimental data. For a ho-
mologous series like the n-alkanes, a simple relationship can
be used to determine the number of segments in the model
chain from the carbon number:65

m ¼ 1þ ðNc & 1Þ=3 (36)

and simple linear expressions were developed in earlier
work43 to relate the remaining SAFT-VR parameters to the
molecular weight Mw:

ml ¼ 0:039Mw þ 0:873 (37)

ms3 ¼ 1:566Mw þ 24:02 (38)

mðe=kÞ ¼ 6:343Mw þ 76:38 (39)

Hence, Eqs. 36–39 provide a method to determine the
SAFT-VR parameters for any alkane and a means to easily
approximate parameters for other hydrocarbon fluids. Using
these relationships, once the carbon number of each pseudo-
component (Nc,i) is known from the semi-continuous thermo-
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dynamic approach described above, we can easily determine
the SAFT-VR parameters for each pseudo-component. There-
fore, by combining the SAFT-VR equation and semi-continu-
ous thermodynamics, we can easily perform phase equilib-
rium calculations of an oil fraction as if the system were
composed of discrete components of known chemical
makeup and composition. We note that our approach does
not take into account the ratio of aromatic to saturate compo-
nents in the oil, which can affect the bubble point, density,
and other properties of the oil.

Results and Discussion

We have applied the SAFT-VR equation together with the
semi-continuous thermodynamic approach presented above to
study the phase equilibrium of gas condensates and light
crude oils. Specifically, we have calculated bubble point
pressures of methane and carbon dioxide with synthetic oil
or petroleum fractions (C6þ fractions), and the gas solubility
of methane, ethane, and carbon dioxide in crude oil samples
(C7þ fractions).

The synthetic and petroleum oil fractions studied in this
work are given in Tables 1 and 2. Table 1 lists the composi-
tions of four methane þ synthetic C6þ mixtures and four car-
bon dioxide þ synthetic C6þ mixtures,66,67 while Table 2
gives the compositions of two methane þ petroleum C6þ
mixtures and four carbon dioxide þ petroleum C6þ mix-
tures.68 Two pseudo-components defined by the quadrature

method described above were used to represent the C6þ frac-
tions. We note that while the exact compositions are known
for the synthetic oil fractions, the compositions of the petro-
leum fractions are unknown.

In order to demonstrate the effectiveness of the SAFT-VR
equation and semi-continuous thermodynamics approach, we
have calculated the bubble point pressures of synthetic and
petroleum fractions to compare with the experimental data.
Results are presented for synthetic oil systems 3 and 5 in
Figure 1 and for petroleum oil systems 10 and 14 in Figure
2. As will be noted from Table 1, the C6þ fractions in sys-
tem 3 and system 5 have similar molecular weights and boil-
ing temperatures, and therefore the pseudo-components
defined are very similar. As seen in Figure 1, the SAFT-VR
equation gives an good prediction of the bubble pressure for
both system 3 (24.83% C1 þ 75.17% C6þ) and system 5
(25.39% C1 þ 74.61% C6þ). Similarly, Figure 2 illustrates
that we achieve a good representation of the bubble point
pressure for the light petroleum oil system 10 (22.67% C1 þ
77.33% C6þ) and system 14 (26.27% C1 þ 73.73% C6þ).

Throughout our work, in order to determine the cross ener-
getic interactions, we used the modified Lorentz-Berthelot
rule and introduced a binary interaction coefficient, kij, into
Eq. 23. We note that this is the only adjustable parameter
used in our work; the corresponding parameters for the cross
segment diameters and potential widths are not used. The
pseudo-components are first defined based on the quadrature
method, then characterized by Eqs. 36–39 as described

Table 1. Compositions of CH4 & C6+, CO2 & C6+ Fractions and Specifications of C6+ Synthetic Oil Components

Compositions

System 1 System 2 System 3 System 4 System 5 System 6 System 7 System 8

CH4 26.75 24.53 24.83 25.44
CO2 25.39 24.96 25.10 25.07
C6þ 73.25 75.47 75.17 74.56 74.61 75.04 74.90 74.93
C6þ Specifications
SG (60/60) 0.704 0.6892 0.7165 0.7203 0.7241 0.7371 0.7537 0.7588
MW 98.81 89.24 115.8 104.63 119.07 146.7 163.96 168.48
Tb (K) 371.33 351.00 403.48 384.06 410.18 454.2 480.2 489.54
Pseudo-Component Specifications
Nc,1 6.55 6.17 7.26 6.80 7.42 8.51 9.11 9.28
Nc,2 11.60 9.40 15.74 13.06 16.71 22.90 26.12 26.95
% of Nc,1 62.53 64.42 64.15 63.64 63.67 63.52 62.50 62.19
% of Nc,2 10.72 11.05 11.02 10.92 11.52 11.52 12.40 12.74

Table 2. Compositions of CH4 & C6+, CO2 & C6+ Fractions and Specifications of C6+ Petroleum Components

Compositions

System 9 System 10 System 11 System 12 System 13 System 14

CH4 25.43 22.67
CO2 26.53 24.40 25.19 26.27
C6þ 74.57 77.33 73.47 75.60 74.81 73.73
C6þ Specifications
SG (60/60) 0.7941 0.7640 0.6945 0.7443 0.7941 0.7640
MW 135.17 159.16 101.65 115.66 135.17 159.16
Tb (K) 431.15 473.15 363.15 393.15 431.15 473.15
Pseudo-Component Specifications
Nc,1 8.08 8.98 6.67 7.26 8.08 8.98
Nc,2 20.49 25.42 12.33 15.74 20.49 25.42
% of Nc,1 63.45 64.79 62.71 64.52 63.65 61.77
% of Nc,2 11.12 12.54 10.76 11.08 11.15 11.96
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above; no other adjustments to the model parameters are per-
formed. For simplicity, we assume a fixed value of kij
between each pair of components in a given oil mixture and
this is determined from a fit to the experimental data. For
example, in oil system 10, we assume the value of kij
between methane and pseudo-component 1, between methane
and pseudo-component 2, and between the two pseudo-com-
ponents are the same, that is, kij ¼ 0.17. We note that while
this is a somewhat crude assumption, the results are encour-
aging given the simplicity of the approach, and that the bi-
nary interaction parameters obtained are well behaved. For
example, we find for a particular oil fluid (that is, for all the
CH4 and C6þ fractions (systems 1–4) or all the CO2 and

C6þ fractions (systems 5–8) studied) that the binary interac-
tion parameters are very similar and follow a simple linear
trend with the oil fraction. We also note that the binary inter-
action parameters used for the hydrocarbon systems are
smaller than those used for the CO2 systems, which is con-
sistent with earlier work.69–72 Preliminary calculations indi-
cate that improvement in the prediction of the bubble point
pressures at higher temperatures can be obtained if a temper-
ature and/or molecular weight dependent kij is used. This
will be considered in more detail in future work.

We have also compared the effect of modeling the oil
fluid used with two pseudo-components and three pseudo-
components. As one can see from Figures 3 and 4, the three
pseudo-component representations give slightly better results

Figure 1. Bubble point pressures of synthetic oil sys-
tem 3 (24.83% C1 + 75.17% C6+) and system
5 (25.39% CO2 + 74.61% C6+).
Solid lines correspond to predictions form the SAFT-VR
equation using kij ¼ 0.14 (system 3) and kij ¼ 0.15 (system
5); squares correspond to experimental values for system
367 and circles for system 5.66

Figure 2. Bubble point pressures of petroleum oil sys-
tem 10 (22.67% C1 + 77.33% C6+) and system
14 (26.27% CO2 + 73.73% C6+).
Solid lines are predictions form the SAFT-VR equation
using kij ¼ 0.17 (system 10) and kij ¼ 0.14 (system 14);
squares are experimental values of system 10 and circles of
system 14.68

Figure 3. Bubble point pressures of synthetic oil sys-
tem 2 (24.53% C1 + 75.47% C6+).
Solid lines correspond to values predicted from the SAFT-
VR equation with two pseudo-components and dashed lines
with three pseudo-components, both using kij ¼ 0.13. The
squares correspond to the experimental data for system 2.67

Figure 4. Bubble point pressures of petroleum oil sys-
tem 9 (25.43% C1 + 74.57% C6+).
Solid lines are predictions from the SAFT-VR equation
with two pseudo-components and dashed lines from the
SAFT-VR equation with three pseudo-components, both
using kij ¼ 0.17. The squares correspond to the experimen-
tal data for system 10.68
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over the two pseudo-component description for the synthetic
oil system 2 (24.53% C1 þ 75.47% C6þ), though both over-
predict the experimental data at high temperatures. However,
the two pseudo-component representation performs well in
the higher temperature regions for the light petroleum oil
system (system 9) (25.43% C1 þ 74.57% C6þ).

A comparison between our approach and the chain of rota-
tors group contribution equation of state (CORGC EOS) pro-
posed by Shariati et al.19 for eight synthetic and seven petro-
leum oil systems is presented in Tables 3 and 4, respectively.
We also include results from the Peng-Robinson (PR) equa-
tion, using the characterization algorithm reported by Shariati
et al.19 Overall, the SAFT-VR approach is seen to give better
results over the CORGC EOS, except for systems 5, 6, 11,
and 12. For the synthetic oil systems, the PR equation is in
better agreement with the experimental data than the SAFT-
VR or CORGC EOS; however, the SAFT-VR equation is
superior for the petroleum oil systems, as shown in Table 3
and 4. For synthetic oil systems, the exact chemical makeup
and composition of the model molecules are known, and
therefore it is easier to adjust the selection of pseudo-compo-
nents and achieve good agreement with the experimental
data based on the algorithm proposed by Shariati et al.19

However, for petroleum oil systems, the exact nature and
compositions of the oil components are unknown; and as a
result, their algorithm does not perform well with either the
PR or CORGC equations.

Finally, we have also applied our SAFT-VR equation with
semi-continuous thermodynamics to the calculation of gas
solubility in crude oils. Specifically, we have studied the
Exxon and Jiangsu crudes reported in the work of Schwarz
and Prausnitz73 and Liu et al.,74 respectively. The specifica-
tions of the Exxon and Jiangsu crude oils (C7þ fractions) are
given in Table 5, along with details of the two pseudo-com-
ponents used to describe the C7þ fractions. If we consider
the Exxon crudes as representative examples of the accuracy
of our approach, we present the solubility of methane in
Exxon crude B cut 1 in Figure 5, ethane in Exxon crude A
cut 1 in Figure 6, and carbon dioxide in Exxon crude B cut
1 in Figure 7 at various temperatures. As shown by Figures
5–7, the calculations from the SAFT-VR equation are in
excellent agreement with the experimental data of Schwarz
and Prausnitz.73

Overall comparisons between the SAFT-VR approach and
the results of Riazi and Vera75 are given in Table 6. Riazi
and Vera adopted both the PNA approach and the single car-
bon number (SCN) hydrocarbon group approach to investi-
gate the gas solubilities in various petroleum or coal liquid
fractions. From the results presented in Table 6, we find that
the SAFT-VR equation provides good accuracy in handling
the C7þ crude oil fractions, and performs better than either

Table 3. Comparison of Results Calculated from the
SAFT-VR Equation and Experimental Data for Bubble Point

Pressure of CH4 & C6+ and CO2 C6+ Synthetic Oils

System
Number of
Data Points

AAD %

This Work CORGCa PRb

1 17 7.00 13.00 3.34
2 13 7.78 8.27 3.32
3 13 10.57 9.86 2.14
4 13 5.11 9.00 2.31
5 17 12.93 3.77 5.72
6 17 9.29 8.01 4.44
7 17 8.41 11.38 2.78
8 17 7.93 10.45 3.90
Overall 124 8.70 9.23 3.58

aCORGC with revised group interaction parameters of CO2 and selected
groups for systems 5-8.
bTaken from Shariati et al.

Table 4. Comparisons of Results Calculated from the SAFT-
VR Equation and Experimental Data for Bubble Point
Pressure of CH4 & C6+ and CO2 & C6+ Petroleum Oils

System Number of Data Points

AAD %

This Work CORGCa PRb

9 17 2.65 12.85 4.92
10 17 4.30 6.82 8.48
11 17 9.53 4.29 7.03
12 17 7.29 2.72 1.45
13 17 7.89 10.41 11.09
14 17 5.45 11.21 1.34
Overall 102 6.18 8.05 5.72

aCORGC with revised group interaction parameters for CO2 and selected
groups.
bTaken from Shariati et al.

Table 5. Specifications of Exxon and Jiangsu Crude Oils

Oil Mixtures

Exxon
A Cut 1

Exxon
A Cut 5

Exxon
B Cut 1

Exxon
B Cut 4 Jiangsu

C7þ Specifications
SG (60/60) 0.933 1.00 0.944 1.055 n/a
MW (g/mol) 310.7 351.7 282.3 338.5 384.0
Tb (K) 651.2 707.0 630.2 714.0 n/a
Pseudo-Component Specifications
Nc,1 13.60 14.61 12.94 14.28 15.48
Nc,2 38.25 39.83 36.92 39.36 40.87

Figure 5. Solubility of methane in Exxon crude oil B
Cut 1.
Solid lines correspond to predictions from the SAFT-VR
equation with kij ¼ 0.05; the squares correspond to experi-
mental data at T ¼ 375 K and the circles experimental data
at T ¼ 423 K.73
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the PNA or the SCN method by Riazi and Vera.75 If we con-
sider the Jiangsu crude oils,74 which represent an even heav-
ier crude oil fraction, the SAFT-VR equation gives an excel-
lent description of the solubility of carbon dioxide in the
crude oil for both temperatures (328.15 and 348.15 K) stud-
ied and for pressures up to 16 MPa, as shown in Figure 8.
Unlike the solubilities of gases in the Exxon crude oils at
low pressures, carbon dioxide tends to reach saturation con-
centrations on a molar basis in the Jiangsu crude oils at
higher pressures. As expected, the SAFT-VR equation accu-
rately predicts that the solubility of the gases will increase
with pressure and decrease with temperature.

Figure 6. Solubility of ethane in Exxon crude oil A
Cut 1.
Solid lines correspond to predictions from the SAFT-VR
equation with kij ¼ 0.05; the squares correspond to experi-
mental data at T ¼ 474 K and the circles experimental
data at T ¼ 573 K.73

Figure 7. Solubility of carbon dioxide in Exxon crude
oil B Cut 1.
Solid lines correspond to predictions from the SAFT-VR equa-
tion with kij ¼ 0.25; the squares are experimental data at T ¼
375 K and the circles experimental data at T ¼ 425 K.73
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Conclusions

By combining the SAFT-VR equation with semi-continu-
ous thermodynamics, we have successfully applied the
SAFT-VR equation to mixtures of gas condensates and crude
oils. Good agreement is achieved for phase equilibrium prop-
erties when compared to experimental data. While it is rec-
ognized that the application of the popular PNA concept can
achieve good agreement with experimental data, it usually
involves an iterative process to determine the pseudo-compo-
nents, which is time consuming to develop. Furthermore, the
large number of components considered significantly slows
down the phase equilibria computation. In contrast, the semi-
continuous thermodynamics approach adopted in this work
offers a robust method to define the oil fractions and is easy
to implement. In addition, the SAFT-VR equation provides a
straightforward, yet accurate, method to characterize the
defined pseudo-components. The combination of the SAFT-
VR equation and the semi-continuous approach enables us to
accurately describe not only the bubble point pressures of oil
mixtures (C6þ fractions) but also the gas solubilities in crude
oils (C7þ fractions).

Notations

a = Helmholtz free energy; coefficients
c = coefficients for effective packing fraction expression
C = carbon number

F(I) = distribution function of compositions in continuous domain
g = radial distribution function
k = Boltzmann’s constant
K = isothermal compressibility
m = number of segments in model chain
N = number of molecules
p = pressure
r = distance between molecules
T = temperature
u = square-well potential
v = molar volume
x = mole fraction of molecules

Greek letters
e = depth of square-well potential
D = difference
l = width of square-well potential
r = density
s = hard core diameter
m = chemical potential
x = reduced density, packing factor
L = thermal de Broglie wavelength

Superscripts
ideal = ideal-gas contribution

mono. = monomer contribution
assoc. = association contribution
chain = chain contribution
eff. = effective
hs = hard sphere
i = components

Subscripts
c = carbon number
ij = pair interaction between species i and j
s = segment
x = pseudo one-fluid
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